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A fluidized bed system combining two circulating fluidized bed reactors is proposed
and investigated for chemical looping combustion. Direct hydraulic communication of
the two circulating fluidized bed reactors via a fluidized loop seal allows for high rates
of global solids circulation and results in a stable solids distribution in the system. A
120 kW fuel power bench scale unit was designed, built, and operated. Experimental
results are presented for natural gas as fuel using a nickel-based oxygen carrier. No
carbon was lost to the air reactor under any conditions operated. It is shown from fuel
power variations that a turbulent/fast fluidized bed regime in the fuel reactor is advan-
tageous. Despite the relatively low riser heights (air reactor: 4.1 m, fuel reactor: 3.0
m), high CH, conversion and CO; yield of up to 98% and 94%, respectively, can be
reported for the material tested. © 2009 American Institute of Chemical Engineers AIChE J,
55: 3255-3266, 2009
Keywords: fluidization, circulating fluidized bed, reactor system, combustion, chemical

looping, carbon capture

Introduction
Chemical looping for carbon capture

Carbon capture and storage is the key mid-term strategy
to limit the carbon dioxide concentration in the atmosphere.
Different approaches are currently discussed in order to
capture CO, from combustion processes. Most of these
approaches require gas separation steps: either CO, separa-
tion (precombustion and postcombustion capture) or O,
separation from air (oxyfuel combustion). Chemical looping
combustion (CLC), however, is a method of indirect com-
bustion where fuel and air are never mixed. The concept has
therefore been classified as “unmixed combustion.”' Metal
oxides are used to selectively transport oxygen from air to
fuel in the solid phase. If a suitable metal oxide is used as
the oxygen carrier, the CLC system can be operated in such
a way that the exhaust gas of the fuel reactor ideally consists
of CO, and H,O only and allows for subsequent water
condensation, compression, and storage of CO,. The costly
gas—gas separation steps are inherently avoided. Therefore,
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CLC is discussed as one of the most energy-efficient
approaches to carbon capture from power production or fuel
upgrading.”

Since 2000, CLC has received increasing attention. Most of
the research is focused on particle development and reactivity
testing of oxygen carriers in the laboratory or in small batch-
type fluidized bed reactors.’ Several groups around the world
operate continuous looping installations of limited size.*”’
These installations are used to test continuous operability and
long-term stability. The reactor systems seem to be optimized
for compact and convenient laboratory testing. On the other
hand, there is only a limited focus on scalability to industrial
size. Most of the small units need to be electrically heated to
maintain the operating temperature. There are oxygen carriers
available today that perform satisfactorily with respect to fuel
conversion. Therefore, apart from further improvement of
particles, optimization of CLC reactor systems suitable for
scale-up turns out to be a second important task that is gaining
importance in technology development.

Chemical looping state of the art

Although other concepts such as moving bed reactors
have been proposed and investigated,® chemical looping
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Figure 1. Chemical looping combustion.

[Color figure can be viewed in the online issue, which is
available at www.interscience.wiley.com.]

combustion is a typical dual fluidized bed technology where
chemically active bed material, that is metal oxide, is circu-
lated between two fluidized bed reactors that are separated
with respect to the gas phase (Figure 1). It was initially pro-
posed in 1954 as a method to produce pure CO, from oxi-
dizable carbonaceous material.’ Then, the concept was stud-
ied theoretically as a means to improve the reversibility of
combustion.'®'* CLC has since then been identified as a
promising technology for CO, capture from power plants,
where 100% carbon capture can be achieved without a sig-
nificant energy penalty.m_18 In the so-called fuel reactor, a
hydrocarbon fuel is oxidized by oxygen released from the
bed material. The global reaction in the fuel reactor can be
summarized for the case of full oxidation as follows:

CH, + (2v+ %) MeO,, — xCO; + %Hzo + (24 %) MeO,_;
(1

This step takes place at temperatures between 1000 and
1250 K and is either slightly exothermic or even endother-
mic depending on the type of fuel and on the oxygen carrier
chosen. In the so-called air reactor, the bed material is re-
oxidized with air:

1
MeO, ;| + 502 — MeO, 2)

This step is always strongly exothermic and the sum of
reaction enthalpies of Reactions (1) and (2) is equal to the
reaction enthalpy of direct combustion. Heat is withdrawn
from the system with the hot exhaust gas streams. For com-
mon excess air ratios around 1.2, additional heat must be
withdrawn directly from the reactors either by cooling the re-
actor walls or by cooling the circulating bed material stream.
In practice, the extent to which fuel oxidation happens in the
fuel reactor depends on the availability of oxygen (sufficient
carrier circulation), on the thermodynamic properties of the
oxygen carrier, and on the kinetics of the elementary gas—
solid reactions (sufficient gas—solid contact time). If less oxy-
gen is provided than is needed for full oxidation, the chemical
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looping system operates in chemical looping reforming (CLR)
mode. In this case the fuel reactor exhaust contains at least
the combustible species CO and H, besides CO, and H,O and
the global heat release is decreased.

A key issue for the industrial feasibility of CLC is the avail-
ability of oxygen carriers that are suitable from both the tech-
nical and the economical perspectives. Oxygen carriers should
be capable of high fuel conversion from the thermodynamics
perspective, have high reactivity with fuel and oxygen, suffi-
cient oxygen carrier capacity (to limit the necessary solids cir-
culation), and high mechanical stability for use in fluidized
beds, and should be cheap as well as environmentally sound.
Metal oxides such as Fe,Os, NiO, CuO, and Mns;O4 on an
inert material such as Al,O3, TiO,, and/or ZrO, are the most
promising candidates today. Apart from designed particles,
natural or waste materials have been found suitable especially
for syngas conversion and in combination with solid fuels."”
Extensive research is performed concerning the selection,
preparation, and subsequent testing of materials as summar-
ized, for example, by Johansson et al.”® and Lyngfelt et al.*'

At Chalmers University of Technology a chemical loop-
ing combustion installation is successfully operated at a
scale of 10 kW fuel power.* This installation works accord-
ing to the concept shown in Figure 2, with the air reactor
as a circulating fluidized bed riser and the fuel reactor as a
bubbling bed reactor in the return loop of the solids,
separated from the riser by moderately fluidized loop seals.
In terms of the principle, such a configuration is also
successfully used for biomass gasification at a scale of
8 MW fuel power.22

Keeping in mind the discussed size of carbon capture
plants of several hundreds of megawatts, the bubbling
fluidized bed approach for the fuel reactor may not be eco-
nomically feasible because of the tremendous bed surfaces
required for this design.23 Not only because of this, but also
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Figure 2. Structure of the 10 kW chemical looping
unit at Chalmers University of Technology
(according to Lyngfelt and Thunman,* LS =
loop seal).
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Table 1. Dual Fluidized Bed Technologies Apart from FCC

Technology Purpose of Solids Importance of Gas—Solid Contact References

(Biomass) gasification Heat transport, catalyst Partially for tar reforming 25-29
in the gas generator

Sorption enhanced reforming CO; and heat transport, catalyst High in the reformer/carbonator, 30-35
low in the re-calciner (heat-driven)

Carbonate looping for CO, capture CO, (and heat) transport High in the absorber/carbonator, 3640
low in the re-calciner (heat-driven)

Chemical looping Oxygen and heat transport High in both reactors, no gas phase 4-7, 4144

conversion without solids

because increased gas—solid interaction is expected in the
turbulent or fast fluidized regime,** the unit investigated in
the present study consists of two interconnected circulating
fluidized bed reactors.

The Dual Circulating Fluidized Bed Concept
Dual fluidized bed systems

The general idea with dual fluidized bed (DFB) reactor sys-
tems is to expose two different gas streams to a circulating
stream of solids transporting heat and often also, in a selective
way, chemical species. The use of loop seals fluidized with
inert gases avoids direct contact between the two main gas
streams. The classical application of this concept is the fluid
catalytic cracking process (FCC), where carbon depositions
on catalyst particles are combusted in a second reaction zone.
Along with the progress in energy conversion technology,
several technologies other than FCC but based on the DFB
approach have been proposed and have partly been success-
fully demonstrated. A brief overview is given in Table 1.

With respect to the necessary interaction of gases and
solids in the system, chemical looping processes in particular
require high gas—solid interaction and sufficient contact time
in both reactors.

Systems combining two CFB reactors

Systems combining two CFB reactors have already been
proposed for biomass steam gasiﬁcation27 and chemical
looping processes.*'™ The principal schemes of these con-
cepts are sketched in Figure 3. In both systems, the solids
must pass a cyclone at least twice during one entire loop.
The entrainment of both risers is crucially necessary in order
to provide circulation of solids between the two reactors. In
the case of the system in Figure 3b, partial back mixing of
solids is possible on either side. For the two-way loop seals,
measures need to be taken in order to control the flow rate
of solids going into each of the two loop seal outlets. In
case the process requires high global circulation, such a back
mixing loop means a higher solids load on the cyclones
compared to the case without a solids flow back into the
same reactor.

The DCFB system

For chemical looping combustion (CLC) or reforming
(CLR) processes with selective oxygen transport by the bed
material, the following basic requirements can be stated:

e A high rate of global solids circulation is required in
order to provide enough oxygen in the fuel reactor.
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e Excellent gas—solids contact is required in both reactors
in order to obtain satisfactory gas conversion. This is espe-
cially true for the fuel reactor of CLC systems where signifi-
cant amounts of unconverted fuel will hardly be tolerable in
applications.
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Figure 3. Systems featuring two circulating fluidized bed
reactors: (a) Battelle/FERCO biomass gasifier,2”
(b) Alstom chemical looping reactor concept.*®
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Figure 4. Dual circulating fluidized bed reactor system
(LLS = lower loop seal, ULS = upper loop seal,
SR-ILS = secondary reactor internal loop seal).

e [ow particle attrition rates are appreciated especially if
costly oxygen carriers are to be used.

Therefore, the system investigated in the present study
represents a combination of the existing practice in CLC
technology according to Figure 2 with the idea of using two
scale-up ready CFBs for both air reactor and fuel reactor. A
second aim of the present effort is to propose a robust fluid-
ized bed system which is most simple with respect to neces-
sary process control devices. In the dual circulating fluidized
bed (DCFB) system according to Figure 4, the two CFB
reactors are interconnected via a fluidized loop seal in the
bottom region of the reactors (lower loop seal). The entrain-
ment of the left-hand side reactor (primary reactor) deter-
mines global solids circulation. The solids are separated
from the primary reactor exhaust stream in a cyclone separa-
tor and pass over through a fluidized loop seal (upper loop
seal) into the right-hand side reactor (secondary reactor).
From there, the global solids loop closes via the lower loop
seal. The secondary reactor features a circulation loop in
itself (secondary reactor cyclone and internal loop seal) and
may be optimized with respect to good gas—solid contact
and low particle attrition rates. The global circulation rate
can be controlled by staged fluidization of the primary
reactor. This is common practice in CFB technology. The
direct hydraulic communication of the two CFB reactors
allows stable solids distribution in the system as long as the
lower loop seal is designed to be large enough to not
significantly hinder solids flow. Imposing moderate pressure
differences between the two reactors changes the theoretical
solids levels in the system. This can be done by changing the
backpressure from the exhaust gas lines, allowing active con-
trol of the solids hold-up in each reactor. A cold flow model
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of the DCFB unit described in this article has been operated
prior to construction of the bench scale plant. The results
show a high rate of global solids circulation between air reac-
tor and fuel reactor. Staged fluidization of the air reactor
allows active control of the global circulation. The pressure
profiles measured in the cold flow model indicate a fast fluid-
ized regime in the air reactor and a pronounced dense bottom
region with a relatively lean upper zone in the fuel reactor.*’

Apart from CLC, the DCFB system has the potential to be
applied in other dual bed processes such as carbonate
looping for end-of-pipe CO, capture, dual bed gasification,
and sorption enhanced reforming.

Experimental
Design of the 120 kW unit

A DCFB test rig for CLC of gaseous fuels has been
designed and built with the hot commissioning phase com-
pleted in early 2008. The air reactor (AR) of the CLC system
is designed as the primary reactor in the sense of the DCFB
concept described earlier. The fuel reactor (FR) is the second-
ary reactor, which may be optimized with respect to gas phase
conversion. For the purpose of simplicity at the small scale,
the lower loop seal connecting the two reactors represents a
continuation of the reactor bodies. The main fluidization noz-
zles are arranged along the circumference of the cylindrical
reactor shells. A sketch of the test rig is shown in Figure 5
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Figure 5. Sketch of the 120 kW bench scale DCFB unit.
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Table 2. Bulk Geometry and Design Data of the

120 kW Unit
Parameter Unit Value AR Value FR

Reactor inner diameter m 0.150 0.159
Reactor height m 4.1 3.0
Height of primary m 0.025 0.06

gas inlet
Height of secondary m 1.325 -

gas inlet
Inlet gas flow Nm3/h 138.0 12.0
Outlet gas flow Nm?/h 113.9 35.9
Temperature in reactor K 1213 1123
Design fluid for depleted H,0/CO, = 2/1

calculation air
Mean particle size mm 0.12
Particle apparent density ~ kg/m’ 3200
Particle sphericity - 0.99
Archimedes number - 7.55 9.13
Superficial velocity m/s 7.32 2.08
Ratio U/U,¢ - 1280.4 3154
Ratio U/U, - 15.5 3.8
Fuel power kW 120

(natural gas)
Lower heating Ml/kg 48.8

value of fuel
Design air/fuel ratio - 1.2

with the most important geometric data and other design
parameters summarized in Table 2. More information on the
design of the unit has been reported by Kolbitsch et al.*® and
a mathematical model of the DCFB unit including gas—solid
reaction kinetics has been presented by Kolbitsch et al.*?

Figure 6 shows the fluidization regimes of the design case
operating points for both air reactor and fuel reactor. The
design of the fuel reactor focuses on the gas—solids contact
and solids inventory of the reactor. By applying a turbulent
fluidized bed in the fuel reactor, the reactor size, solids
inventory, and potential slip of unconverted fuel in the
bubble phase are reduced. According to Bi and Grace,47 a
turbulent regime in a fluidized bed is defined in the range
U. < U < U, with U, being the superficial velocity at the
point where the standard deviation of differential pressure
fluctuations reaches a maximum. For the chosen oxygen
carrier, this region is very narrow and it is not possible to
stay inside the limits in different operation cases. Therefore,
the superficial gas velocity has been set slightly below the
turbulent region in Figure 6.

Plant equipment and arrangement

To remove the heat released from combustion and to
control the system temperature independently of the global
air ratio, the air reactor shell is equipped with three cooling
jackets covering most of the reactor height. These cooling
jackets are operated with air and steam as cooling media.
The cyclone separators are designed according to Hugi and
Reh.*® Apart from natural gas from the Viennese grid
(98.7 vol % CH,), the unit can be operated with mixtures of
CO, H,, and N, as well as with propane from gas cylinders.
The loop seals are fluidized with steam in nominal operation
and may be switched to air fluidization during startup and
shutdown. The exhaust gas streams of the two reactors are
cooled separately to 550-600 K and analyzed online to eval-
uate the conversion of the fuel as well as the leakages of the
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loop seals. For the fuel reactor exhaust gas composition, a
Rosemount NGA 2000 (CO: 0-100%, CO,: 0-100%, O,: 0—
25%, H,: 0-100%, CH4: 0-100%) is used and, additionally,
an online gas chromatograph Syntech Spectras GC 955,
which allows cross-checking of carbon species and determi-
nation of the N, content for evaluation of possible gas lea-
kages from the air reactor to the fuel reactor. The air reactor
exhaust stream is analyzed using a Rosemount NGA 2000
(CO: 0-100%, CO,: 0-100%, O,: 0-25%). The cooled
exhaust gas streams pass valves which make it possible to
impose a defined backpressure on each reactor. The exhaust
gas streams are then mixed and sent to a natural gas-fired
post combustion unit, cooled again, cleaned in a bag filter,
and sent to the chimney. Solids sampling is possible via the
upper and the lower loop seal during operation. This allows
accurate interpretation of experimental results (degree of oxi-
dation of carrier and solids circulation rate).*” The plant is
operated and monitored using computer-integrated process
control. The flow rates of the two fluidizing air streams and
the fuel stream are measured and controlled using rotary
instruments (Elster Instromet RVG) in combination with elec-
trical control valves. The steam flow rates to the loop seals are
measured using industrial steam flow meters (Krohne H250/
RR/M9). Temperature and system pressure are measured
online at 30 positions. Pressure measurements allow online
determination of the actual solids inventory in each reactor.
For safe handling of potentially hazardous solids, a portable
lock is used in combination with pneumatic transport lines.

Experimental procedure

The unit is started up using a 35 kW natural gas burner
attached to the fuel reactor and a 15 kW electrical air pre-
heater on the air reactor side. At the beginning, both reactors
and all three loop seals are fluidized with air. Solids circula-
tion is easily possible even in cold conditions, so the energy
of the startup burner is distributed by the heated solids. As
soon as a safe ignition temperature of hydrogen is reached
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Figure 6. Fluidization regime of air and fuel reactor in
the flow regime map suggested by Bi and
Grace*” at design load (120 kW fuel power
with CH, as fuel); range shown for air reactor
corresponds to a variation in the global air
ratio from 1.05 to 1.30.
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(i.e., at about 700 K), the fuel reactor fluidization is changed
to nitrogen and H, is gradually added to the N, stream in
order to increase the heat input. At about 1000 K, when the
ignition of propane can be expected even in the particle-rich
environment, propane is supplied to the air reactor through a
separate nozzle. The start-up burner may be switched off as
soon as fuel combusts in the air reactor and rapid further
heating to the desired operating temperature is possible. The
additional fuel to the air reactor may be switched to natural
gas at temperatures above 1050 K in the air reactor. As soon
as the operating temperature of 1100-1200 K is reached, the
loop seal fluidization is switched to steam and the desired
fuel is fed to the fuel reactor. If the oxygen carrier is active
enough, the additional fuel to the air reactor can be com-
pletely turned off and the cooling system activated and
adjusted in order to maintain the desired temperature. The
whole startup procedure lasts about 2.5 h for the NiO-based
carrier used in this study.

During operation, stable points are maintained for a suffi-
ciently long time to assume steady state conditions. The
operating parameters varied within the present study are tem-
perature and fuel power input. All air is introduced into the
air reactor at the primary fluidization level. The global air/
fuel ratio is kept constant at a value of 1.1 throughout the
tests. This means that the unit is operated at a lower air/fuel
ratio compared to the design value of 1.2 reported in Table 2.
Also, the total solids inventory is kept constant at 65 kg. As
soon as steady state conditions (i.e., steady temperature and
gas composition trends) prevail for at least 20 min and the
online gas chromatograph has taken a gas sample for analy-
sis, solids samples are taken out of both the upper and the
lower loop seal more or less simultaneously to fully charac-
terize the operating point. Then, the operating parameters
(fuel power, air/fuel ratio, etc.) are set for the next point and
the cooling system is adjusted in order to maintain the
desired operating temperature.

For shutdown, the fluidization of the fuel reactor is first
switched to nitrogen. As soon as all fuel has left the installa-
tion the post combustion may be turned off and fluidization
is changed to air throughout the system. At a system temper-
ature of about 600 K, the fluidization rates are reduced and
the installation is left to cool slowly overnight.

The evaluation of experimental data is done using a com-
prehensive mass and energy balance model of the laboratory
setup. The evaluation procedure is described in more detail
by Bolhar-Nordenkampf et al.°

Oxygen carrier and operating range
The oxygen carrier particles used have been manufactured
from commercially available raw materials by VITO,

Table 3. Properties of the Oxygen Carrier Mixture Used
(According to Linderholm et al.5h

Meter Unit Value
Oxygen carrier Ni/NiO
Active NiO content % 40
Oxygen transport capacity R kg/kg 0.087
Mean particle size mm 0.135
Apparent density kg/m® 3416
Sphericity - 0.9
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Table 4. Experimental Operating Parameters

Parameter Unit Standard Value Variation
Total solids inventory kg 65 -
Fuel load kW 140 60-140
Global air/fuel ratio - 1.1 -
Fuel reactor temperature K 1173 1073-1223

Belgium, under the guidance of Chalmers University of
Technology, Sweden. In all experiments presented below, a
50:50 mixture of two slightly different materials is used. The
first oxygen carrier (VITO) is based on NiO and AlL,O;.
After sintering, the particles consist of inert NiAl,O, and
free NiO. The ingredients of the second oxygen -carrier
(VITOMg) are NiO, Al,O5;, and MgO. These particles are
also sintered to yield MgAl,O4, NiAl,O4, and free NiO.
Further information on the particles and results of long-term
integrity testing using these materials has recently been pub-
lished by Linderholm et al.>' (Table 3).

The results presented in this article will concentrate on an
experimental campaign using the particle mixture described
earlier. In a first run, the fuel reactor operating temperature
was varied while fuel load and global stoichiometric air/fuel
ratio were kept constant. Temperature variation was carried
out starting from the lowest temperature and proceeding
stepwise to the highest temperature. In a second run, a varia-
tion in the fuel load was performed at constant fuel reactor
temperature and constant global air/fuel ratio. Here, the first
point operated was at maximum load followed by a stepwise
decrease toward the lowest load point addressed. The operat-
ing range investigated is summarized in Table 4.

Results and Discussion
Solids distribution in the system

The solids distribution in the fluidized bed system can be
characterized using measured pressure profiles. The system
pressure in vertical sections is dominated by the cumulative
weight of solids above the measurement point. Figure 7
reports the full pressure profile in the system for the standard
operating point according to Table 4. The air reactor shows
a typical distribution for a fast fluidized riser. In the fuel re-
actor, most of the inventory is found in the bottom region
with a steep decay towards the top of the reactor. This
means that the upper part of the fuel reactor is still relatively
lean in particles and the entrainment of the fuel reactor is
lower compared to the air reactor. From the perspective of
actual solids distribution in the system, more material is
present in the fuel reactor compared to the air reactor. At the
loop seals there are two measurement points located in each
leg at the same height (about 0.1 m above the loop seal flu-
idization level). The pressure differences between these
points reflect the wall friction of the particles flowing
through the loop seal. Whereas the upper and lower loop
seals show significant pressure drops in the direction of
solids flow, the pressure drop for the fuel reactor internal
loop seal is much smaller, indicating a lower rate of solids
circulation in the fuel reactor internal loop compared to the
global loop.
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Figure 7. Pressure profile measured at 140 kW fuel
power, a global air/fuel ratio of 1.1, and all air
reactor fluidization to the primary level.

[Color figure can be viewed in the online issue, which is
available at www.interscience.wiley.com.]

The solids distribution is expected to change with changes
in gas velocities. This is expressed in terms of the pressure
profiles during the load variation. Because the global air/fuel
ratio is kept constant, the gas velocities in the air reactor and
fuel reactor are proportional to fuel power. The air reactor
profiles are drawn in Figure 8. For the purpose of compari-
son, the pressure differences relative to the pressure tap in
the top of the air reactor are shown. It turns out that the
solids inventory in the air reactor decreases with increasing
load. At low loads, the solids tend to be concentrated in the
lower part of the air reactor as expected. The fuel reactor
profiles relative to the pressure at the top of the fuel reactor
in Figure 9 show that the fuel reactor inventory has a tend-
ency to increase with increasing load, but only up to the
operating point at 100 kW fuel power. The shape of the fuel
reactor profile reflects the rather weak development of the
fast fluidized bed regime even at 140 kW. The material shift
from the air reactor to the fuel reactor with increasing load
can be explained by the solids flow resistance of the lower
loop seal. This is in agreement with cold flow model
results.® Obviously, however, the fuel reactor inventory
increases less than the air reactor inventory decreases. Above
100 kW, no further increase in the fuel reactor inventory is
found at all. The reason is most likely that with increasing
fuel power, an increasing amount of particles are present
between the reactors (i.e., in cyclones and downcomers).

The so-called “active solids inventory” m,. is calculated
from the pressure difference Ap,r between the reactor
bottom and top according to
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mact — A]’ISE]’ Aprlser (3)
8
with the riser cross section A,s; and gravity acceleration g. The
active solids inventories of both air reactor and fuel reactor for
the power variation are shown in Figure 10. Also, on the right-
hand side of the y-axis in Figure 10, the specific solids inventory
relative to fuel power is shown. The specific inventory is a
relevant quantity with respect to estimation of large scale
particle requirements. Fuel reactor inventories below 200 kg/
MW are reached during these runs.

Global solids circulation

From solids samples taken at each stable point from the
upper and the lower loop seal, i.e., at the solids inlet and
outlet of both air reactor and fuel reactor, the global solids
circulation rate can be assessed with great accuracy. The
solids conversion is calculated from the difference between
the fresh sample mass m and the sample mass in fully
oxidized state m,, using the theoretical oxygen transport
capacity Ry according to Table 3:

Xs:m—mox-(l—Ro)

“

Mox * RO

This means that Xg is equal to zero in the fully reduced
state and equal to one in the fully oxidized state. The
temperature difference between the fuel reactor inlet and
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Figure 8. Pressure profiles along the air reactor during
variation of fuel power (i.e., total gas flow
rates).

[Color figure can be viewed in the online issue, which is
available at www.interscience.wiley.com.]
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Figure 9. Pressure profiles along the fuel reactor dur-
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outlet could also be used for determination of solids circula-
tion (since the fuel reactor is adiabatic). However, due to the
extremely high solids circulation, this temperature difference
is too low for reliable evaluation (only 5-15 K).

The global solids circulation can be determined from the
measured degree of oxidation at the two sample points,
global fuel conversion data, and fuel mass flow* and is
shown in Figure 11, again for the power variation run.
Secondary axes show the net solids flux in the air reactor,
which is proportional to the circulation rate, and the ratio of
air reactor exit velocity to the terminal velocity of the
particles, which is proportional to the fuel power operated.
As expected, the air reactor entrainment increases with
increasing velocity. The oxygen carrier conversion states
from the air reactor and fuel reactor are also shown in
Figure 11. The mean solids conversion difference between
air reactor and fuel reactor AXs = XsyrLs — Xsirs is a
result of the total amount of oxygen transported and of the
solids circulation rate. It decreases with increasing load from
about 0.13 at 60 kW down to 0.07 at 140 kW. A very inter-
esting parameter is the global level of the solids conversion
state in the system (i.e., the average of Xsyrs and Xsy1s). It
is the result of a dynamic equilibrium governed by the appa-
rent reaction rates faced in each of the reactors. If the reac-
tion is very fast (or if the contact time is sufficiently long)
in one of the reactors, the particles will tend to leave this re-
actor fully converted. If both apparent reaction rates are of
the same order of magnitude, the solids conversion states
may take intermediate values. The tendency toward lower
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global oxidation states at higher load means that the apparent
reaction rate in the air reactor gets slower compared to the
fuel reactor reaction rate. This could be attributed to the shift
in solids inventory from air reactor to fuel reactor with
increasing load according to Figure 10. However, the obser-
vations definitely leave room for further research. The steep
transition in global oxidation state between the points at 60
and 80 kW fuel power (Xg = 0.7-0.8) and the points at
100-140 kW fuel power (Xs = 0.5-0.6) is currently not
understood.

Fate of carbon and leakage assessment

It can be reported for all runs performed that no extra
steam was added to the fuel reactor except for the loop seal
fluidization, which amounts to a steam to CH, ratio of 0.2 to
0.4 in the worst case scenario that all loop seal steam would
go to the fuel reactor. In reality, it is even likely that most
of the lower loop seal steam is dragged toward the air reac-
tor by the particle stream. Despite the practically pure CH,
supply to the fuel reactor, no CO, has been detected from
the air reactor under any conditions except in tests not
shown here where fuel was deliberately added to the air re-
actor. This means that no carbon formation takes place and
indeed 100% of the carbon ends up in the fuel reactor
exhaust stream (also confirmed for operation of propane at a
fuel power of 127 kW; air/fuel ratio 1.1). Moreover, a leak-
age of gas from the fuel reactor toward the air reactor can
be excluded. Nitrogen measurements in the fuel reactor

25 500

20 | —=—FR total 400

=
S ——AR total 2
= '8 —o— FR specific =
-g 15 _O_AR Speciﬁc 300 E
@ E
= “® @
5 10 - S~ 0 {2002
@ ~ = - @
= ~ ~s 2
Q o =]
< s /—"' @
5 e 95 100 3
=0
0 — 0
50 75 100 125 150

Fuel power [kW]

Figure 10. Active solids inventory as well as specific
solids inventory in air reactor and fuel reac-
tor vs. fuel power (i.e., gas flow rates).

[Color figure can be viewed in the online issue, which is
available at www.interscience.wiley.com.]
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proportional axes.

[Color figure can be viewed in the online issue, which is
available at www.interscience.wiley.com.]

exhaust stream indicate, however, that there is a small leak-
age from the air reactor into the fuel reactor. Such a leakage,
also called “dilution (of the CO, stream)”, can only be
explained for the upper loop seal because the pressure situa-
tion would not allow gas convection from air reactor to fuel
reactor in the lower loop seal (see Figure 7). An evaluation
of the N, content in natural gas and in the fuel reactor
exhaust suggests that 0.2-0.4 vol % of the gas supplied to
the air reactor leaks into the fuel reactor. This means that
about 0.5-1.2 vol % of the fuel reactor exhaust gas stream is
contributed by dilution.

Chemical looping combustion performance

The performance of the chemical looping system in fuel
conversion and CO, yield is a result of the characteristics of
both the oxygen carrier and the reactor system. The fuel con-
version is expressed for natural gas operation in terms of
CH,4 conversion Xcy, according to

oy
Yo, + Yo + YCH, | fuel reactor exhaust

®)

Xen, =1 —
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where y; represent gas phase mole fractions. The CO, yield
Yco, is based on the total carbon supplied to the fuel reactor
and can be generally defined for operation of hydrocarbon
fuels as

Yeo, ©6)
yco, +yco + 3 (X yen);
1

Yco, =

fuel reactor exhaust

where i represents the different hydrocarbon species and x is
the number of carbon atoms in a certain molecule. Expressions
(5) and (6) are extremely convenient because only the gas
analysis of the fuel reactor exhaust stream is needed and,
furthermore, dry gas mole fractions can be directly applied (as
measured). It is, however, important to notice that (5) and (6)
can only be applied if carbon loss to the air reactor can be
excluded.

Figure 12 shows the fuel conversion performance during
the temperature variation run including an operating point
with propane. It turns out that the CO, yield of the investi-
gated oxygen carrier is strongly dependent on operating tem-
perature. At lower temperatures the slip of unconverted fuel
as CO and H, out of the fuel reactor is increased while the
(primary) conversion of CH, seems to be less dependent on
temperature. The CO, yield for propane operation indicates
that the presence of higher hydrocarbons is not a problem in
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Figure 12. Methane conversion and CO, yield vs. fuel
reactor operating temperature. Data from
the temperature variation run (NG = natural
gas).

[Color figure can be viewed in the online issue, which is
available at www.interscience.wiley.com.]
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CLC. Contrarily, the CO, yield for C;Hg is even higher than
for natural gas (CH,) at the same temperature.

The fuel conversion performance of the system during the
power variation run is reported in Figure 13. Here, a most
interesting behavior of the investigated system is observed.
The fuel conversion increases with increasing fuel power. A
maximum is not reached within the investigated operating
range. The most likely explanation for this behavior is that at
increased fuel power, the increased gas—solids contact (due to
the greater amount of solids present in the lean upper zone of
the fuel reactor) over-compensates for the reduced gas phase
residence times. It further means that there must be an operat-
ing point where the fuel conversion reaches a maximum. How-
ever, this point has not yet been reached within the present
study. At this time, the limiting components of the installation
are the natural gas compressor and the air reactor cooling sys-
tem. It is important to mention that the optimum load depends
on the reactivity of the oxygen carrier. For a less reactive oxy-
gen carrier such as natural ilmenite, which was operated during
hot commissioning of the unit, a clear decrease in fuel conver-
sion with increasing fuel power was reported.52

Summarizing these results, it can be stated that the fluid
dynamic behavior of the bench scale unit reflects expecta-
tions well. However, a somewhat lower fuel reactor cross
section would have helped to obtain a more favorable solids
distribution in the fuel reactor and thus would probably have
increased the performance of the plant. Nevertheless, high
fuel conversion is obtained with the NiO-based oxygen car-
rier in spite of the limited riser heights.
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Conclusions

A system consisting of two circulating fluidized bed reac-
tors hydraulically coupled by a loop seal in the bottom
region of the two reactors is presented and investigated for
chemical looping combustion using metal oxides for selec-
tive transport of oxygen. The proposed system is seen as a
scale-up ready candidate for large scale chemical looping
application. The main fluid dynamic characteristics expected
are:

® high solids circulation rate

® Jow specific solids inventory

® stable solids distribution because of the hydraulic con-
nection between the two reactors

e secondary reactor flow regime can be optimized with
respect to gas phase conversion

® global solids circulation can be controlled by staged flu-
idization of the primary reactor or by controlling the flow re-
sistance in the lower loop seal

® solids inventory can be shifted between the reactors by
imposing moderate backpressure from the exhaust gas lines

The results obtained from the 120 kW bench scale unit
give a clear proof of concept. The measured pressure profile
indicates that the circulating fluidized bed regime in the pri-
mary reactor (air reactor) is well developed with particles
distributed along the whole height. On the secondary reactor
(fuel reactor) side, however, the particles are concentrated in
the bottom region and only a low particle flow is indicated
in the secondary reactor’s internal loop.

Fuel conversion and CO, yield have been found to be
well above 90% at relevant operating conditions for the
NiO-based oxygen carrier. Since incomplete fuel conversion
reduces the energy conversion efficiency of the combustor,
measures for further improvement of fuel conversion are
necessary. With NiO-based carriers, fuel conversion is also
limited by thermodynamics. A final oxygen polishing step
introducing pure oxygen in the fuel reactor exhaust gas
stream can be a solution in large scale CLC applications.
For the investigated oxygen carrier, a significant temperature
dependency of CO, yield has been found.

The most interesting result with respect to the overall sys-
tem performance is that fuel conversion increases with
increasing fuel power at least up to 140 kW (natural gas).
This means that the gas—solids contact in the fuel reactor
improves with increasing load and this effect over-compen-
sates for the effect of reduced gas phase residence times.

Generally, a design with higher riser reactors is expected
to significantly improve global fuel conversion in the dual
circulating fluidized bed system for CLC. Therefore, a scale-
up step to a small scale demonstration size of about 10-50
MW fuel power seems feasible based on the present find-
ings. Such an installation could potentially be run commer-
cially as an industrial steam generator with CO, capture and
could pave the way for further scale-up to sizes relevant for
power generation.
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Notation

A = cross section, m>
g = gravitational acceleration, m s~

2
2

G, = solids flux, kg m™ st

m = mass, kg
m = mass flow, kg s~
p = pressure, Pa

1

Py, = fuel power, W
Ry = oxygen transport capacity (mass specific), kg kg~

T = temperature, K
U = superficial velocity, m s~

1

U. = (superficial) velocity limit toward turbulent fluidization, m st
Uyne = minimum fluidization (superficial) velocity, m s !

Use = (superficial) velocity limit toward fast fluidization, m s~
U, = terminal (superficial) velocity, m s7!

x = stoichiometry of carbon in species

X = chemical conversion based on initial quantity

1

Xs = solids conversion (i.e., degree of oxidation)

y = mole fraction in gas phase, mol mol '

Greek letters

y = chemical yield
A = symbolizes difference

Indices

AR = air reactor
act = active (i.e., actual) solids inventory
FR = fuel reactor

i = refers to chemical species

LLS = lower loop seal (from FR to AR)
riser = refers to fast fluidized bed reactor
ULS = upper loop seal (from AR to FR)
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